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Abstract:

Computational fluid dynamics (CFD) is a powerful simulation
tool that was successfully used to investigate mixing, turbulence,
and shear in a laboratory-scale MSMPR and batch cooling
crystallizer for an organic fine chemical. CFD gives a qualitative
engineering insight into the effects of the impeller configuration
on the crystallization rates and particle size distribution. A
process-modelling tool, gPROMS (Process Systems Enterprise),
was used to model particle size and size distribution in both
batch and continuous laboratory-scale crystallization processes
with predictive simulations in good agreement with experimen-
tal results. CFD simulations of large-scale crystallizations using
constant specific power input per unit mass, predict an increase
in macromixing and decrease in micromixing and turbulence.
This effect should improve process performance of batch cooling
crystallizers on scale-up including the product quality of the
final solid form in terms of the particle size and crystal habit.
This is due to improved suspension mixing and secondary
nucleation effects and attrition decreasing with scale-up. CFD
heat transfer simulations, however, predict varying temperature
profiles together with less efficient heat transfer with the
presence of distinct cooling zones, which can degrade product
performance in terms of encrustation and agglomeration
resulting in wider particle size distributions.

1. Introduction

Crystallization is one of the most critical steps used in
the pharmaceutical industry. The processing performance an
quality of organic fine chemicals such as filterability, drying,
and compressibility are determined by the particle size
distribution, morphology, purity, yield, and selectivity. The

scale-up and modelling of crystallization processes are some

of the most challenging tasks in the pharmaceutical industry.
The main challenge involved in the design of industrial
pharmaceutical crystallizers is to predict the influence of
vessel geometry, configuration, operating conditions, and the
effects of scale on the process behaviour, particle quality,
and particle size distribution. Industrial crystallizer design
is hindered by the lack of rational scale-up rules and incor-
poration of hydrodynamic information and kinetics. These
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problems of scaling up are further compounded by the limited

guantities of material are available in the early stages of
process development. This has the effect of limiting the

number of scale-up experiments that can be performed, and
due to time and resource constraints it is challenging to

achieve a robust process development route.

The conventional approach to scale-up is based on the
principle of similarity, which is aimed at maintaining
similarity of equipment, flow characteristics, specific power
input, and temperature profiles. The maintenance of geo-
metrical similarity requires identical ratios of corresponding
dimensions in two scales. Geometric similarity is assessed
by the tank height-to-diameter ratio including impeller-to-
tank diameter ratio. However, the exact scale-up of continu-
ous and batch crystallizers is not possible because it would
be necessary to preserve similar flow characteristics of both
the solid and liquid phases together with identical temperature
and supersaturation profiles in all regions. The most com-
monly used scale-up criteria include constant agitator tip
speed, constant power input per unit mass, constant Reynolds
number, and constant agitator speed. In processes such as
batch cooling and continuous crystallizations, where the
crystallization rate is controlled by the degree of mixing and
heat and mass transfer, these simple scale-up criteria often
fail. Computational fluid dynamics (CFD) is a process-
modelling toot® that can be used to gain a valuable
guantitative insight into mixing, turbulence, and heat transfer
within agitated vessels that would be difficult to obtain

Gexperimentally. CFD modelling of mixing and turbulence

In stirred tanks has been comprehensively investigated.
Maggiorios et aFf successfully used CFD to model particle
size in suspension polymer reactors. Micale et ahd
Montante et af. have recently developed the multi-fluid
model (MFM) to model dilute particle suspensions with
monodisperse particle sizes in agitated vessels. CFD mod-
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elling of heat transfer using different vessel and impeller formation obtained via CFD must be combined with kinetics
configurations has also been successfully investight®d.  and solubility data via a compartmental modelling appréfach
CFD has been used to determine shear distribution andthat is based on heuristiés gPROMS is a dynamic and
mixing profiles, whereby qualitative or semiquantitative steady-state process modelling tdahat can be used to
information (by including hydrodynamic influences) is used simulate particulate processes whereby crystallization kinet-
for scaling up organic crystallization processes. This ap- ics, thermodynamics, and solubility characteristics are in-
proach, however, cannot guarantee a “right first time” troduced within a population, mass, momentum, and energy
approach to scale-up. It is essential to combine hydrodynamicbalances.
information with crystallization kinetics. Schmidt et'dhave For successful scale-up, it is important to ensure geo-
made an important step in this direction by using CFD, metrical similarity in crystallization vessels, including baffles
simplified growth kinetics, and solubility characteristics to and impellers, from laboratory- to pilot-plant scale based on
scale-up crystallization processes. Urban and Libehigve the mixing concepts of power input, suspension, shear,
used a hybrid gPROMS/CFD approach for steady-state energy dissipation, and heat transfer. Each of these requires
forced cooling crystallizers, and Bezzo et*&t? used an different scale-up criteria depending on the agitation speed.
automatic zoning technique to develop a compartmentalisedHowever, keeping one scale-up criterion constant violates
approach. Recently, secondary nucleation and attrifion, another®Using a constant specific power input per unit mass
which are dominant in batch cooling suspension crystalliza- leads to improved mixing characteristics in terms of par-
tion processes has been taken into account in the processiculate suspension upon scale-up. This allows for improved
modelling aspects. There has been little focus in industry homogeneity, leading to more uniform growth. In addition,
on determining and combining crystallization kinetics, the tip speed is reduced, resulting in a reduction in the local
particularly secondary nucleation rates, with computational energy dissipation and shear rate. This results in a reduction
fluid dynamic information via process modelling tools in fines and less particulate attrition in crystallization
such as gPROMS (Process Systems Enterprise Ltd., processes. This should allow for an improvement in down-
www.psenterprise.com). stream processing such as filtration and drying. However,
The crystallization kinetic& solubility!® and polymor- in batch cooling crystallizations, the heat transfer becomes
phisnt? characteristics of organic chemical compounds are less efficient upon scale-up, resulting in variable particle size
critical for the prediction of scale-up behaviour. Control of distributions. To achieve similar heat transfer, the process
polymorphism and crystal morphology is a major objective and operating conditions have to be altered by either
in crystallization process design. Another objective is to increasing the cooling rate or process time. The former may
design a robust crystallization scale-up process scaled upresult in large, localised, wall temperature gradients and
from laboratory- to a pilot-plant scale and finally to consequent encrustation.
manufacturing scale. This requires a crystallization process  This paper reports an investigation into the use of CFD
in which batch-to-batch variations and fines production is and gPROMS as process modelling tools to model hydro-
minimised. During scale-up, hydrodynamic phenomena dynamics and predict particle size distributions for a labora-
influence the rates and, in particular, growth and nucleation tory-scale batch and continuous mixed suspension mixed
on a localised scale within a crystallizer and thereby also product removal (MSMPR) crystallizer, respectively. In
affect the final product performance. The hydrodynamic particular, the effects of impeller type and velocity influenc-
effects are linked to mixing, turbulence, and heat transfer. ing the crystallization rates and the extent of seliquid
These can all be investigated using CFD and must be phase mixing are considered. Furthermore, predictive CFD
considered for successful scale-up process development. Tesimulations are used for scale-up studies to investigate-solid
achieve quantitative scale-up, localised hydrodynamic in- liquid phase mixing, turbulence, and heat transfer. This is
performed to provide a qualitative insight for the failure of
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pFqu the eddy size. The rate of micromixing depends on the local

{Re}= T (1) rate of dissipation of the turbulent energy especially in the
impeller region. The local rate of energy dissipation affects
The power number is given by, the crystallization rates. According to Baldyga and Boufne,
the characteristic time for micromixing can be related to the
Po= F; = Z”T“Q (2) engulfment rate §] and thus to the turbulent energy
peNd” N, dissipation rate,
whereP is the power drawn by the agitator apgd is the . €0c) 05
slurry density. In agitated crystallizers fully turbulent flow tico=E ~= 17-2(—) (6)

is produced aRe> 20 000 withPo = constant. The power

number value depends on the impeller type and is indepen-In reactive precipitation processes, micromixing is the

dent of scale, providing that geometric similarity is main- controlling mechanism’ Hence, localised values for the

tained. energy dissipation rate and the addition point will determine
For constant power for different scales of operation with the reaction rate and, hence, final product performance. For

geometric similarity, the following impeller pumping flow- macromixing processes, the macromixing time needs to be

rate relationship is used, kept constant upon scale-up and is achieved with constant
. agitator speed. Although the suspension mixing is improved,
Q,UNd 3) there is a competing mechanism with attrition, and this may

] . ) _ lead to the production of fine particles during the crystal-
Hence, large impeller diameters produce high volumetric jization process. This has the effect of reducing filtration
pumping flow rates. To maintain a constant turnover time efficiency, with increased filtration times and filter blinding.
upon scale-up, a constant stirrer speed is used. 2.3. Heat Transfer. In agitated batch cooling crystal-
2.2. Mixing. To achieve the homogeneous growth of jizations, it is important that homogeneous heat transfer
particles, all must be suspended in the mother liquor t0 occyrs throughout the vessels, by ensuring that no temper-
provide the maximum surface area and homogeneous condiyyyre gradients or local cooling zones exist. High temperature
tions for mass transfer from the solute to the solid phase. A gradients can result in wall encrustation leading to severe
complete suspension is achieved by using the Zwieting agglomeration effects and/or different supersaturation profiles
‘just suspension speed”, as the minimum impeller speed, the bulk and at the wall. CFD can be used to provide a

necessary at which all particles are suspended off the bot-,5,,able insight into heat transfer and will be briefly
tom of the crystallizer or when residence times are less thanjjystrated in this paper.

282 Using dimensional analysis, the following heat transfer
Ao\0.45 correlation can be used to model the liquid side heat transfer
N = sy 9BR)" "3 0.134 0.2p—0.85 (4) L . . o
s o b coefficient in batch cooling suspension crystallization vessels
as follows,

If the crystals are not fully suspended, a widening of the 67 03 014
particle size distribution can be expected due to agglomera- Nu= C -RE"*"Pr**ulu,) )
tion and encrustation. An agitator speed or different impeller
configuration above the just suspended speed may hav
limited mass transfét benefits but ensures that particles are
homogeneously distributed throughout the vessel. In batch
crystallizations, there is another complication associated with At constant energy dissipation and geometrical similarity the
the homogeneity of the particles. This is due to a continual heat transfer coefficient relationship is as follows,
change with respect to the particle concentration throughout
the crystallization process as a result of particulate growth. hod ™ 9)

The hydrodynamics conditions within a batch crystalliza-
tion vessel vary from one location to another, in terms of The heat transfer of the bulk volume depends on the specific
macromixing and micromixing. Macromixing occurs on a heat capacity and must also be taken into account rather than
large scale and is mainly backmixing due to convection just the heat transfer at the wall. Moreover, the heat transfer

eWhere

C =f(geometry and flow regime) (8)

motion and is defined by a circulation time as follows, coefficient is reduced when scaling up with constant specific
power input per unit mass because the ratio of heat transfer
e y__V s (5) area to reaction volume decreases significantly.
Q  FIN-g 2.4. Constant Specific Power Input per Unit MassThis

) o ) ) ~ scale-up criterion is most commonly used in mixing limited
M|crom|x_|ng howgver comprises the viscous, convective it operations and is based on constant mean energy
deformation of fluid elements, followed by molecular dif- dissipation rate per unit mass as follofs

fusion on the Kolmogorov scale, which is determined by

(26) Baldyga, J.; Bourne, Jurbulent Mixing and Turbulent conditiongViley:
(24) Zwietering, T. N.Chem. Eng. Scil958, 244—253. England, 1999.
(25) Nienow, A. W.; Miles, D.J. Chem. Eng1978,15, 13. (27) Zauner, R.; Jones, A. @hem. Eng. Sci2002,57, 5, 821+-831.
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= P,- pF-d5-N3 energy dissipation, average growth rate, and suspension
v .y - constant (10) density as follows,
PerV PerV

_ 15 1.2 0.2
In micromixing-controlled processes such as reactive and Bror = (1.0 109)M,"°%G,, " (14

anti-solvent precipitations, the local energy dissipation rate The average growth rate is a function of the relative
will dominate the nucleation rate and, hence, particle gypersaturation and is given as follows,

formation at the anti-solvent or reactant addition point. For

macromixing-controlled crystallizations processes such as G,, = ko"?® (15)
batch and continuous, the local energy dissipation rate must

be constant upon scale-up. High dissipation rates may resultThe average growth is based on the assumption that particles
in increased fines formation, whereas low values may resultare removed from the continuous crystallizer on average
in poor particulate suspension and agglomerated particlesWithin 1 mean residence time.

2.5. Solubility and Supersaturation. Crystallization The total nucleation rate for a crystallizer equipped with
kinetics including rates of nucleation, crystal growth, attrition, €ither a pitch blade or flat blade impeller is described as a
and agg|0meration are dependent on the Supersaturatioﬁunction of the SUSpenSion denSity and relative Supersatura-
levels and therefore determine the particle size distribution tion levels as follows,
and product performance. The accurate measurement of . )
supersaturation is fundamental to the modelling of batch pitch blade impeller Bror = (4 x 10°)M*%6*** (16)
cooling crystallizationd?—3* ATR—UV spectroscopy has flat blade impeller Byor = (2 x 10°)M, %42 (17)
been used as an on-line monitoring fdolo determine
accurate equilibrium solute concentrations and to develop a3. Results and Discussion
solubility model for both batch and continuous crystallization 3.1. Case Study I: Laboratory-Scale MSMPR Crys-
processes as a function of temperature for the organic finetallizer. In this case study, the continuous crystallization of

chemical under investigation as follows, an organic fine chemical in a 0.5-L laboratory scale using a
. mixed suspension mixed product removal (MSMPR) crys-
C Tl = 3.5¢ Cexp*e*T (11) tallizer with product recycR® will be considered. The key

aim of this study was to determine the influence of the

2.6. Crystallization Kinetics. To predict the crystalliza-  impeller configuration on the crystallization kinetic phe-
tion behaviour of a batch cooling or continuous crystallization nomena. Furthermore, the extent of solid—liquid phase
processes upon scale-up, the crystallization kingtigscan mixing is also considered. The crystallization kinetics
be determined on a laboratory scale using population balancedeveloped from the continuous MSMPR crystallizer, in
technique®’ coupled with hydrodynamic information ob-  particular the total nucleation rate, influences the particle size
tained from CFD simulations for scale-up purposes. For the distribution and product performance significantly. Continu-
organic fine chemical investigated, complex kinetic models ous MSMPR experimerishave shown that the impeller type
for size-dependent growth and total nucleation were devel- influences the mass transfer characteristics, secondary nucle-

oped, ation, and attrition of the crystallization system under investi-
o gation. The capability of gPROMS as a modelling tool for
G(L) = kyo(1 — exp[—17400(L+ 1e ")) predicting the particle size distribution is illustrated and com-
for L<200um and 0.45<0<1.2 (12) pared to experimental continuous MSMPR crystallizations.

L > 200um, G—G, (13) 3.1.1. Experimental Set-UpThe two impeller types

considered were a four-bladed“4pitch blade impeller (d

The total nucleation rate for a crystallizer equipped with a = 45 mm) and a two-bladed flat blade impellef & 60

pitch blade impeller is described as a function of the averageMM)- The continuous MSMPR crystallizer equipped with &
flat blade impeller contained no baffles, whereas with a pitch
(28) Harnby, N.; Edwards, M. F.; Nienow, A. W. Mixing in the Process plade impeller three baffles were used to provide axial and

(29) 2?;’:;”8:_1 g‘szﬂ; Bgftﬁ?y;ftggﬂfggggao\ﬁbggé_MA' 1992. radial flow. An initial solute concentration of 4% w/w and
(30) Groen, H.; Roberts, K. J. Proceedings of the Fifth International Workshop Vvariable mean residence times were used for both impeller

on the Crystal Growth of Organic Materials (CGOM-5); IChemE, Cam- 1 H H
bridge, UK. 1SBN 0 85205 4247, 1990 configurations. Agitator rates of 300, 400, 500, and 600 rpm

(31) Lewiner, F.; Klein, J. P.; Puel, F.; Conesa, G.; Fevott&iem. Eng. Sci. were used, respectively. The MSMPR crystallizer was
- %00%?_2, 6, _2r06'§f_2084-M Patel, P Braatz, R.DCHySt Growt001 operated at a constant temperature of°29until steady-
ogkaliaou, 1.; ara, M.; Patel, P.; Braatz, R. . Gro . . .
(32) Togkalidos, I, i B state operation was achieved. Steady-state operation was
(33) Derdour, L.; Feroutte, F.; Peul, P.; CeurinFwder Technol2003,129, achieved after 68 residence times. A Lasentec FBRM
1-7. ; ; ; ; ;
(34) Groen, H.; Borissova, A.; Roberts, K.ldd. Eng. Chem. Re2003,42, 1, Instrument Wa? U_Sed _On line and in real tlme_ to momtc_)r the
198—206. chord length distributioff as a process analytical technique
(35) Zauner, R.; Jones, A. @hem. Eng. Sc2000,55, 4219—4232. (PAT) during the crystallization process and to determine
(36) Tanrikulu, S. U.; Eroglu, A. N.; Bulutchu, A. N.; Ozkar, B.Cryst. Growth h . hich d . . hi d h
2000,208, 533540, the point at which steady-state operation is achieved. The
(37) Sha, Z. L.; Hatakka, H.; Louhi-Kultanen, M.; Palosaari) ryst. Growth
1996,166, 1105—1110. (39) Kougoulos, E.; Jones, A. G.; Jennings, K. H.; Wood-Kaczmar, MJW.
(38) Chen, M. R.; Larson, M. AChem. Eng. Scil985,40, 1267—1294. Cryst. Growth2005,273, 3-4, 529—534.
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Table 1. Mixing characteristics of the MSMPR crystallizer —LOE+12 5
equipped with flat blade and pitch blade impellers operating dy 1
at 300 rpm £ Shecza
flat blade pitch blade 75""“” ; S
g ]
tip speed [m/s] 1.02 0.72 I \
Re 7190 3600 g 1OE+10 5
Qp [m3/s] 3.07x 104 1.67x 104 = 1 Pitch blade impeller |;I‘?o'ﬂ:r.n’v?'. 300 rpm|
teire [S] 1.79 3.29 3 1 Piteh biade impelir [6% wiw, 400 rpm)
Po 0.76 1.24 LOE+09 o —— —
P [W] 0.09 0.03 500 1000 1500 2000 2500
tmicro[S] 3.7 6.72 Mean residence time [s]
€av [W/kg] 0.19 0.09 Figure 1. Nucleation rates based on using pitch blade and flat

blade impellers versus the mean residence time.

steady-state supersaturation levels were determined using off;5te of crystal growth but not significantly in this cases

line HPLC analysis. o _ the accuracy due to experimental fitting must also be taken
3.1.2. CFD Simulations and MixingTo provide an into account.

explanation for the differences observed in the nucleation Figure 1 shows the total nucleation rates estimated from
rates and particle gize distributions using either_a.pitch blade the experimental steady-state particle size distributions as a
or a flat blade impeller at 300 rpm, predictive CFD fynction of the mean residence time using the different
simulations using CFX-Promixus (AEA Technology, Har- impeller types at 300 rpm from the continuous MSMPR

well)*® were carried out to provide a qualitative insight. A cystallizer. The continuous crystallizer equipped with a pitch
liquid phase (mother liquor) was used to determine the effectsy|5qe impeller produces higher nucleation rates when
of the shear rate distribution and mixing profiles at a constant compared to those with the flat blade impeller.

agitation rate of 300 rpm on the crystallization kinetics. The  cED simulations indicate that the impeller geometry and

express option of the software automatically sets up and e have a significant effect on the shear rate and energy
performs a three-dimensional hexahedral element-based finiteyissipation distribution profile. A high shear region (shown
volume. CFD simulations were also extended to include a j, pink) is predicted from CFD simulations in the impeller

solid—liquid phase using CFX v.4 (AEA Technology, zone for both impeller types, including wall shear (panels b
Harwell) to determine the extent of particulate suspension 54 e of Figure 2). In addition to this observation, a low

within the continuous crystallizer operating at 300 rpm. The ghear rate distribution (shown in blue) is observed in the

multiple frames of reference (MFR) technique was used to upper regions with the MSMPR crystallizer equipped with
simulgte the impeller rot_atio‘H.The sliding grid (mesH§ _ a pitch blade impeller and a moderate normalised shear
technique, although being a more accurate method, isgisiribution (shown in green) for a flat blade impeller.
computationally more expensive when compared to the MFR - yrther experimental investigations, based on the impeller

technique. CFD simulations predict that the overall flow geometry and material properties of the organic fine chemi-
patterns produced using either a pitch blade or a flat blade c5|5 \ere also carried out to determine the contributions of

impeller are significantly different. Table 1 summarises the phylent shear and impeller contacts on the attrition and total
mixing and turbulence characteristics using eqs 2 and 3 andncleation rate® Figure 3 shows that impeller contacts
5 and 6. CFD simulations predict a vortex effect and radial contribute to the majority of attrition fragments and, hence,
flow (Figure 2d), when the flat blade impeller is used in the jnfiyence the secondary nucleation much more significantly
continuous cryst_qlllzer. S|m|_larly, Wlth_a pitch blade impeller, ya3n when compared to turbulent shear. The CFD predictions,
lower flow velocities and axial flow (Figure 2a) are observed ', aqdition to the above observations, suggest that, due to
with the vortex formation eliminated due to the presence of e pitch blade impeller having four #8ngled blades rather
baffles providing a stabilisation mechanism. than two flat blades, there is a higher probability of attrition
Higher .velocmes are_ach|eved by using the flat bIaQe at events due to particiimpeller contacts and higher second-
the same impeller velocity due to the increased power iNput; 4y nucleation rates being evident. This occurs even though
however, limited mass transfer beneﬂ.ts_ result in terms of the flat blade impeller operates at a higher tip velocity and
growth rates. The mass transfer coefficierkg estimated  roquces higher maximal and average energy dissipation
from MSMPR experiments for flat blade and pitch blade |4tes.
impellers are 3.26x 107% m/s and 3.06x 107 m/s, One of the main MSMPR assumptions is based on the
respectively. The mass transfer coefficients for both impeller laboratory-scale crystallizer being well mix&iTwo-phase
types were determined by fitting eq 12 to the experimental yixing was investigated within the laboratory-scale MSMPR
growth rates versus relative supersaturation levels. A SerieSerystallizer using CFX-4 (AEA Technology, Harwell) to

of experiments were carried out over a range of relative gygjyate the assumption that the hydrodynamics should
supersaturation levef$.Results indicated that the type of jnfiyence the crystallization kinetics at a minimum. To assess
impeller used may affect the mass transfer (diffusion step)

(42) Synoweic, P.; Jones, A. G.; Shamlou, PChem. Eng. Scil993 48, 3485~

(40) CFX-Promixus_2.1 Manual; AEA Technology: Harwell: UK, 2000. 3495.
(41) Lane, G. L.; Schwarz, M. P. CFD Modelling of Gas-Liquid Flow in Stirred  (43) Randolph, A. D.; Larson, M. ATheory of Particulate Processe2nd ed.;
Tank.Chemecd99, Newcastle, Australia, 1999. Academic Press: New York, 1988.
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Figure 2. Velocity [m/s], normalised shear, and solids volume fraction (maximum solids hold-up) distribution respectively (ac)
pitch blade and (d—f) flat blade impeller.

the mixing in the crystallization process, several assumptions 2. The experimental crystal shape is paralleliped, but the
were made on the process physical properties. particles within CFD were assumed to be spherical. Current
1. The Multi-Fluid model (MFM}* with a modified drag : . — _
. 5 . . (44) Micale, G.; Montante G.; Magelli, F.; Brucato, A. CFD simulation of particle
coefficient® was assumed to be applicable for mean particle distribution in a multi-impeller high aspect ratio stirred vessel. 10th European

sizes of 10Qum and 75ptm for a flat blade impe"er and conference on mixing. Delft, The Netherlands, 2000; pp 125—132.
. k . (45) Brucato, A.; Grisafi, F.; Montante, &hem. Eng. Scil998,53, 3295—
pitch blade impeller, respectively. 3314,
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Figure 3. Net attrition rate contribution based on impeller Figure 4. Experimental and gPROMS-simulated steady-state
and turbulence shear using a pitch blade impeller. continuous patrticle size distributions based on two different

impeller types using a residence time of 825 s.

models to simulate solid—liquid phase mixing in CFD have - Fxperimental: TAU = 8255
not been developed to account for the irregular shapes of . EPROMS simalation: TAU = 8255
most organic compounds and the suspension of these [
particles in solutiort®

3. The crystal density was determined to be 1400 k§ m
CFD predictions (panels ¢ and f of Figure 2) show that
in the MSMPR crystallizer equipped with a flat blade, a
homogeneous uniform suspension is achieved; however, as
expected, there is a concentration gradient with a predicted
solids vortex produced in an axial direction near the shaft.
In the MSMPR equipped with a pitch blade impeller a 1 lﬂparm_lesizemm]lﬂﬂ 1000
complete suspension is achieved, but in the upper region a_ ) )
clear mothr ior regon i evident. I realty, hawever, %, STl s S7RONS S sead o
this region will conta_ln fine particles less than i#Bn. Thls_ mean residgnce times (pitch blade impeller). g
zone will also contain fewer (number and mass) particles

than in the bulk or below the impeller, which is a high solids  gprOMS simulations of the particle size distribution were
concentration zone and is also observed during experimentaso expressed in 252 logarithmic intervals. Figure 4 shows
tion. CFD can be used to model polydisperse particle sizes,the experimental and predicted particle size distributions
but excessive computayonal requirements are negded. Pro(from gPROMS simulations) obtained using the two different
cess development requires a CFD process simulation outpUimpelier types using a mean residence time of 825 s.
within days rather than months as there is often a requirement Figure 5 shows the experimental and predicted particle
to scale up pharmaceutical crystallization unit operations gjze distributions (from gPROMS simulations) using different
within 4 to 8 weeks. mean residence times for a pitch blade impeller. The trend

The Zwietering correlation (eq 4) was used to estimateé gpseryved in the simulated and experimental distributions
the just suspended speed for the pitch blade and flat blade(rigyre 4) is as expected because the total nucleation rate

impellers. This was determined to be 300 and 200 rpm for sing a flat blade impeller is less than that of a pitch blade
the p|t_ch blade impeller and fIat_bIade |mpeller, respectively, impeller, thus allowing for the growth of larger particles.

to achieve a complete suspension. The just suspended speefie simulations overestimate the crystal size distribution for
can be multiplied by a safety factor of £:3.5 to achieve & poth impeller configurations. The difference in the crystal
homogeneous suspension. For example, to achieve a homos;ze istributions is due to the fact that particulate attrition
geneous suspension in the continuous crystallizer equippedg not taken into account. The experimental volume mean
with either a pitch blade or a flat blade impeller, an agitator ¢, is 57 and 6um for a pitch blade impeller and a flat

speed of around 400 and 250 rpm, respectively, will be p5qe impeller, respectively. Albeit that attrition is not taken

necessary. _ _ o into account, the experimental results compare well to the
3.1.3. gPROMS Simulation PredictiorgPROMS was simulated volume mean size values of 60 and /68,

used as a process simulation tool to predict the steady crystalegpectively. The trends in the simulated and experimental
size distributions based on crystallization kinetics and reqyits (Figure 5) are as expected as longer residence times
solubility data using eqs H17. The population and mass  ¢4rrespond to longer periods over which particle growth takes
balance for continuous crystallizations was also implemented place, resulting in the formation of large crystals correspond-

into the simulation model. The simulations were run until ing to a shift to the right in the CSD. The experimental and
steady state was obtained. The Lasentec FBRM chordgim jated results compare well as the volume mean sizes
measurements were discretised into 252 logarithmic channels,, 5 mean residence time of 1175 s are 71 andu60

and converted to a particle size (mass) distribution. The respectively, for simulated and experimental resullts.

(46) Wei, D. Mixing reactions: CFD and reactor desi@hem. Eng 2005 Further eXper_imentS V_Vere Car_ried Oljlt in the cqntinuous
19-21. MSMPR crystallizer equipped with a pitch blade impeller
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Figure 6. Particle size distribution shift due to the increase in
agitator speed (pitch blade impeller).

Figure 8. Experimental and gPROMS-simulated batch-cooling
crystal size distributions based on using pitch blade and flat
blade impellers operating at 300 rpm.

o impeller types considered were a four-bladed gifch blade

\ impeller (d = 45 mm) and a two-bladed flat blade impeller
(di = 60 mm). With a pitch blade impeller, three baffles

\ were used, whereas no baffles were used with the flat blade

] impeller. The experiments were performed at an impeller

50 4 - velocity of 300 rpm using a 6% w/w solute concentration
with the saturated solution at 6@ being cooled to 10C

Experimental -~ gPROMS simulation at a rate of 0.3C minL. A Lasentec FBRM instrument was

4 ' ' ' used on-line and in real time to monitor the chord length

A : . . ..
=08 20 " 200 o “ distribution, and a digital thermocouple was used to measure

Agitator Speed [rpm] = >
Figure 7. Experimental and gPROMS-simulated steady-state the bulk temperature profile in the crystallizer.

volume mean sizes as a function of agitator speed (pitch blade 3.2.2. gPROMS Simulation Predictioriagure 8 shows
impeller). the particle size distributions produced using both flat blade

and pitch blade impellers with the crystallizer equipped with

to determine the effects of increasing the agitator speed onthe flat blade impeller producing larger particle sizes.
the nucleation rate and particle size distribution. The agitator g)PROMS was used to simulate the particle size distributions
speeds used for the experiments were 300, 400, 500, andusing pitch blade and flat blade impellers, and these were
600 rpm, respectively, with a mean residence time of 1175 compared to the experimental particle size distribution
s. The experimental particle size distributions were deter- (Figure 8). The crystallization kinetics for growth and
mined using the on-line Lasentec FBRM instrument showing nucleation were combined with the population, mass, and
a shift to the smaller particle sizes due to the increase in theenergy balance (with estimated heat transfer coefficient using
agitation rate and hence secondary nucleation and attritioneq 7) within the gPROMS-modelling environment. The
(Figure 6). gPROMS was used to simulate the steady-stateexperimental and predicted volume mean sizes were deter-
continuous crystallization processes at different agitator ratesmined to be 50 and 4@m, respectively, for the batch
using eq 11 to describe the total nucleation rates. The volumecrystallizer equipped with a pitch blade impeller and 75 and
mean particle sizel(s) predicted from gPROMS was then 65 um for the batch crystallizer equipped with a flat blade
compared to experimental values at the various agitator ratesmpeller. The crystallization kinetics determined from the
and shows a good agreement (Figure 7). MSMPR crystallizations were adopted for batch cooling

In summary, process modelling and simulation using CFD crystallization predictions leading to the particle size being
and gPROMS was successfully used to provide valuable underestimated. Furthermore, the energy balance is based
information with regards to the improved mass transfer and on an estimated heat transfer coefficient including the
lower attrition and nucleation rates with larger mean particle enthalpy of crystallization and was used to simulate the
size being observed with a flat blade impeller over the pitch temperature distribution in the batch crystallizer during
blade impeller in a continuous crystallizer. cooling. Figure 9 shows the predicted and experimental bulk

3.2. Case Study ll: Laboratory-Scale Batch Cooling temperature profiles including the coolant (oil) temperature
Crystallizer. In this case study, the unseeded batch crystal- profile during the batch cooling crystallization equipped with
lization of an organic fine chemical in a laboratory-scale a pitch blade impeller. The gPROMS simulation temperature
batch cooling suspension crystallizer was evaluated. gPROMSprofile reproduces the experimental temperature profile and
is used to predict the particle size distribution using pitch clearly shows the enthalpy release due to primary nucleation
blade and flat blade impellers described in section 3.1.1. resulting in a slight rise in temperature at 35.

2

Volume mean size [pm]

Furthermore, the bulk temperature profiles are predicted 3.3. Case Study lll: Scale-Up CFD Simulations of
using gPROMS and compared to experimental measure-Batch Crystallizers. In this final case study, qualitative
ments. scale-up CFD simulations were carried out using constant

3.2.1. Experimental Set-U@ 0.5-L batch cooling crys-  agitator speed and constant power input per unit mass as
tallizer was used with two different impeller types. The two scale-up criteria.

746« Vol 10, No. 4, 2006 / Organic Process Research & Development



0~ R BRI should expect to see similar macromixing performance or

55 Loolant tempieratre circulation times upon scale-up. The macromixing times are
+ Experimental bulk temperature ]
X calculated using eq 5 and are 4.2 and 4 s for the 5-L and

S 25-L vessels, respectively.
240 . . L. ..
2 Hence, with this scale-up criterion, the mixing becomes
S 30 more homogeneous with improved mass transfer, but the
£ increase in power requirements is not energy efficient and
20 more importantly will result in excessive fines production
15 due to increased attrition because the energy dissipation rate
10 increases significantly. This will affect filtration times and
0 1000 2000 Ti.’;glelt{s] 4000 5000 6000 present problems with downstream process operations and
formulation. Hence, scale-up with constant agitator speed is
Figure 9. Experimental and gPROMS-simulated bulk tem- not recommended.

perature profiles based on a linear cooling profile. 3.3.2. Scale-Up Using Constant Specific Power Input per

3.3.1. Scale-Up Using Constant Agitator Spe&fD Unit Mass.The importance of the local energy dissipation
solid—liquid phase simulations based on a geometrically rate (particularly in the impeller region) and hence the
similar 5-L and 25-L batch crystallizers equipped with a specific power input for a batch cooling crystallization
Ruston turbine impeller operating at an agitator speed of 300process is directly linked to the attrition and secondary
rpm were considered for the constant agitator speed scale-nucleation rates. Table 2 shows the local energy dissipation
up criteria. A dilute solid suspension of 5% v/v with a mean rates at the vessel wall adjacent to the impellers including
particle size of 20um was used for the simulations. other turbulence characteristics on various scales of operation

Figure 10 shows the solids concentration (vertical) profile in agitated vessels equipped with a pitch blade and Rushton
for the 5-L and 25-L batch crystallizers. CFD simulations turbine impeller. CFD simulations predict that, when scaling
predict that the solids concentration profile is homogeneously up with the application of constant power input per unit mass,
distributed throughout the vessel in the 25-L vessel. There there is a competing mechanism expected between macro-
is also a disappearance of the clear mother liquor region, mixing and micromixing phenomena that can influence the
which is observed in the 5-L vessel. The difference observed crystallization kinetics and, hence, product performances.
in the solids concentration profile occurs even though the CFD simulations were carried out on 1-L, 5-L, and 25-L
pumping volumetric flow rate per unit volume is constant agitated vessels that exhibited geometric similarity (ratios
upon scale-up. This is, however, due to the increase in themaintained constant with scale-up including working vol-
power input, tip speed and Reynolds number. The multiple umes) using a constant power input per unit nfasghe
frames of reference (MFR) technique was used to model thevessels equipped with a pitch blade and Rushton turbine
impeller rotation in the agitated vessels until steady state wasimpeller show that the effects of micromixing on a localized
achieved for the flow rates and solid fraction distribution. scale are reduced upon scale-up and as a consequence of

On the basis of the Zwietering correlation, the just the local energy dissipation profiles not being identical. The
suspended speed is estimated at 260 and 165 rpm in the 5-lreason for this is that energy is dissipated over larger
and 25-L vessels with a homogeneous suspension beingdistances due to the increase in vessel size and volume.The
achieved at 390 and 250 rpm. The just suspended speed€FD predictions of the solidliquid phase show that,
concur with the CFD predictions. On the basis of a constant although the macromixing times increase with scale (Table
volumetric pumping rate, which is estimated from CFD, we 2), the solids concentration profiles are more homogeneous.

CIFT

Figure 10. Solids concentration vertical profile based on a maximum volume hold-up of 5% v/v with a mean patrticle size of 200
pm: (a) 5-L and (b) 25-L.
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Table 2. Mixing and turbulence characteristics using a constant p
operation

ower input per unit mass [0.12 W kd!] on different scales of

Rushton turbine impeller

pitch blade impeller

size [L] speed [rpm] Re €loc [WIkg]  emax[W/Kg]  terc(S) speed[rpm] Re €loc [WIkg]  emax[W/KG]  teirc(S)
1 300 3370 0.38 39 3.18 460 5121 0.71 61 2.24
5 289 6920 0.29 24 4.50 450 10800 0.55 44 2.96
25 201 13799 0.19 18 6.56 313 21500 0.29 27 4.30
. . . —
o N T s —25L perfqrmance and qu.allt_y could be improved significantly,
- N providing that an agitation speed that produces a homoge-
08 neous suspension and minimises the energy dissipation and
0.7 shear stress is used. However, the influence of heat transfer
= 22 has not been considered and will be discussed in the
& 0':‘ following section.
0'3 Using a constant specific power input per unit mass being
0.2 \ used. as a sca_Ie—up qriterion results ip reduced heat transfer
0.1 coefficients being estimated for both pitch blade and Rushton
0 : ; | turbine impellers. CFD heat transfer simulations were carried
0 0.5 1 1.5 y) 2.5 3 out based on using an estimated liquid side heat transfer
C/Cav coefficient using an empirical correlation known as the
Figure 11. Normalised solids concentration profile as a Nusselt number using eq 8.

function of normalised vessel height using a solids concentration
(Cav) of 5% vl/v at different vessel scales using a constant power
input per unit mass (pitch blade impeller).

1

0.9 |
0.8
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1L-Rushton turbine — 1L-Pitch blade
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i
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Figure 12. Normalised solids concentration profile as a
function of normalised vessel height using a solids concentration
(Cay) of 5% v/v at the same vessel scale using a Rushton turbine
and pitch blade impeller at constant specific power input per
unit mass.

Figure 11 and Figure 12 show the predicted normalized solids
concentration (vertical profile) as a function of vessel height
(normalized), for a dilute suspension of 5% v/v with a mean
particle size of 20@:m for the different scales of operation
and impeller types. This is attributed to the increase in the
tip speed and Reynolds number with an increase in scale
producing higher volumetric flow rates within the batch-
agitated crystallizers. The impeller type used also influ-
ences the micromixing and macromixing effects using the
same constant power input per unit mass. The pitch blade
impeller operates at higher impeller frequencies producing
higher tip speeds and volumetric pumping rates than does
batch crystallizer equipped with a Rushton turbine. This
results in reduced macromixing times at the same vessel scal
(Table 2).

The significance of these observations in terms of a batch-

cooling suspension crystallization process is that, upon scale-(so)

up with a constant power input per unit mass, the product
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The main aim of this part of the study was to use CFD
simulations to identify “cooling zones” or surfaces where
steep gradients in the temperature distribution are likely to
occur within a batch-cooling crystallizer. Gradients in the
temperature distribution affect the supersaturation profiles
and therefore the crystallization kinetics and product per-
formance. In comparison with the temperature distribution,
higher levels of supersaturation correspond to lower tem-
peratures. The shapes of these distributions are not identical
as proposed by Yang et I°° The temperature mainly
determines the supersaturation distribution, but it is also
affected by the concentration distribution of the mother liquor
and the particle size distribution. Therefore, the combined
effects of the mixing and heat transfer influence the super-
saturation profiles within a batch crystallizer. A linear cooling
profile was used in the CFD simulations. A saturated solution
at 80°C was cooled to 20C at —1°C min~*. Upon scale-
up from a 1-L to 25-L scale, heat transfer becomes less
efficient when cooling occurs, resulting in higher tempera-
tures being observed within the crystallizers at different time
intervals. Figure 13 shows the bulk temperature profiles
produced in the 1-L, 5-L, and 25-L batch crystallizers
equipped with a Rushton turbine impeller. The reason for
this is that the local energy dissipation distribution is reduced
upon scale-up as discussed previously, and hence less
efficient heat removal occurs at a particular linear cooling
rate. Figure 14 shows the CFD predicted temperature
distribution in the 1-L, 5-L, and 25-L batch crystallizer
equipped with a Rushton turbine impeller. A uniform bulk
temperature distribution is observed; however, in the upper

a

(47) Yang, G.; Louhi-Kultanen, M.; Kallas, @hem. Eng. Tran002,1, 83—
88.

Bezzo, F.; Macchietto, S.; Pantelides, CGdmput. Chem. En@004,28,
4, 501-511.

(49) Bezzo, F.; Macchietto, S.; Pantelides, CG@mput. Chem. En@004,28,
4, 513—-525.

Kougoulos, E.; Jones, A. G.; Wood-Kaczmar, M. WWCryst. Growti2005
273, 3-4, 529—-534.
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operation, but this may result in encrustation effects,
particularly in poorly mixed zones such as the cooling zones.
This will increase agglomeration, influence the crystal
morphology, and produce wider particle size distributions.
The agitation rate can be increased to improve heat removal,
but this may increase the number of fines produced, which
will decrease the filtration performance and influence
downstream processing
From CFD predictive simulations there is a competing
mechanism between macromixing, shear and energy dis-
sipation (micromixing) including heat transfer upon scale-
up, leading to the failure of common scale-up criteria used.
To account for the influence of these phenomena described,
[b] it is necessary to implement a compartmentalisation approach
to facilitate the scale-up of batch-cooling suspension crystal-
lization processes. A previous contribuidgives a detailed
approach to using compartmentalisation. It involves deter-
mining hydrodynamic information from CFD and coupling
it with kinetics and solubility and optimising the process to
ensure efficient mixing and heat transfer with minimisation
of fines production such that an improved product perfor-
s mance and quality are achieved.

4. Conclusions
CFD allows an engineering insight to be introduced to
determine the influence of hydrodynamics within agitated
vessels. The effects of scale-up on the mixing, energy dissipa-
tion, and heat transfer using different impeller configurations
. ) o _ _ and operating conditions was successfully analysed using
gf’?eﬁrgég s I(‘:?:Cglfﬁjut;?gﬁra(tg)r elt_jll_s’t?bb)ug?[w, (Elcinz'%"’_‘:_?rc’f”e) CFD. (;FD predicts that_, whe_n _usir)g constant_agitator spt_—:-ed
per unit mass, suspension mixing improves with a reduction
regions of the crystallizers less efficient heat transfer occurs, in energy dissipation and shear distribution. This should
resulting in cooling zones or surfaces. The temperature allow for reduced breakage and secondary nucleation and
difference between the bulk and the cooling zones i$0.4 ~ more homogeneous suspensions being produced. However,
The type of impeller used also influences the temperaturethe heat transfer becomes less efficient, and this may result
distribution. in increased agglomeration due to encrustation effects.
The less efficient heat transfer upon scale-up has a few9PROMS is a powerful process-modelling tool for crystal-
imp“cations on Crysta”ization process development scale- lization and was used to SUCCESSfU”y predict the partiCle size
up based on constant power input per unit mass. The procesgistribution based on USing Crysta”ization kinetics and sol-
batch time must be increased upon scale-up to achieve theubility for both batch and continuous laboratory crystallizers.
same degree of under cooling. This will result in different
supersaturation profiles and hence different crystallization Acknowledgment
kinetics and particle size distributions. The cooling rate can ~ We thank GlaxoSmithKline pharmaceuticals for allowing
be increased to compensate for the increase in scale ofpart of this research to be carried out at the research and
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Nomenclature

N impeller rotational speed, [rps or rpm]
d impeller diameter, [m]

D impeller diameter, [m]

Po power number, [-]

P power input, [W]

M torque, [N nT9]

Qp pumping volumetric flowrate, [fs?]
G specific heat capacity, [kJ k§ K]
k thermal conductivity, [W m! K]

h heat transfer coefficient, [W m K]
C concentration, [kg kg

T temperature, [K]

G growth rate, [m s

L particle size, [um or m]

Ky growth rate coefficient, [m 3]

Brot total nucleation rate, [ s71]

M+ suspension density, [kg T#

g gravitational acceleration, [nT§

S impeller constants, [-]

X solids mass fraction, [-]
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Fl
Re
Pr

mean particle diameter, [m]
crystallization volume, [
flow number, [-]

Reynolds number= p:NDi/u, [-]
Prandtl number= Cyu/k, [-]

Greek letters

0 fluid density, [kg nr3]

u viscosity, [Pa 57

o relative supersaturation, [-]

€ energy dissipation rate, [W kg

Ap difference between crystalline and fluid densipy € pr),
kg m—]

v kinematic viscosity, [Ns m kgf]

Subscripts

p pumping

w wall

av average

eq equilibrium

i impeller
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